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Abstract

The field of CO> reduction has identified several challenges that must be overcome to realize its
immense potential to simultaneously close the carbon cycle, replace fossil-based chemical
feedstocks, and store renewable electricity. However, frequently cited research targets were set
without quantitatively predicting their impact on the economic viability of CO2 reduction. Using a
physics-informed techno-economic assessment, we offer guidance on the most pressing research
priorities for CO> reduction based on state-of-the-art electrolyzer performance. We find that the
levelized product cost is dominated by the cost of electricity used to drive electrolysis, and the
capital cost of the process mostly arises from separations, especially of unreacted CO> to be
recycled. At a cell resistance as low as 1 Q-cm? and retail electricity prices, operating at a total
current density >475 mA/cm? drives up electricity demands and increases the cost of producing
CO. High current density operation is therefore undesirable unless low cell voltages can be
maintained. Although wholesale wind and solar electricity are cheaper than retail electricity, their
capacity factors are too low for economical process operation. Adding energy storage to increase
the capacity factor of solar electricity triples the capital cost from $34.4 million to $112.6 million
for a plant making 50 tco/day. Improving single-pass conversion is not a priority because it leads

to selectivity loss in contemporary membrane electrode assemblies, giving an optimum conversion
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at <15%. To overcome this limitation, we identify the opportunity to modify reactor design to
improve CO; availability to the catalyst. Decoupling selectivity and single-pass conversion by
moving away from a plug flow reactor design, without adding cell voltage, would reduce the base
case levelized cost of $1.22/kgco to $0.97/kgco and save 36% on capital cost. Finally, we conclude
that resolving the “carbonate crossover problem” in neutral electrolytes is not a priority for

improving the levelized cost of product.
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Introduction

Low-temperature electrochemical CO> reduction (CO2R) can convert captured carbon
dioxide into chemical feedstocks and fuels using renewable electricity and water in an
electrolyzer.! Academic research focusing on catalyst improvement, membrane testing, and
electrolyte design has exploded in the last decade.? However, scaleup efforts have been slow
because of multiple technical challenges that make the technology too expensive for practical
application today. These include limited catalyst activity and selectivity, mechanically unstable or
poorly conducting membranes, and undesirable electrolyte crossover and flooding.® To advance in
technology readiness level, CO2R experiments focused on overcoming these challenges need to be
coupled with process-scale simulations that can identify critical bottlenecks towards economic

viability.

As pointed out recently, there is an opportunity for techno-economic and life-cycle
analyses to direct technology development in chemical engineering research.* For COzR, the
disconnect between studies at the process and reactor scale is evident in the way that data is
collected and reported in the field. Most experimental studies on CO: electrolyzers report
selectivity almost exclusively on a current basis, without quantifying the flow rates of products
relevant for process design. Conversely, many techno-economic assessments (TEAs) for CO2R
processes fail to include models of the electrochemical reactor and therefore neglect key
phenomena involved in device operation. As a result, many targets set for the field are not based
on technical models, but instead draw on the progression of related technologies like water
electrolysis.>>® Despite important technical differences between water electrolysis and CO2R, it is
often taken for granted that improvements in experimental parameters such as total current density

or single-pass conversion will analogously improve overall process economics. However, we have

https://doi.org/10.26434/chemrxiv-2024-g76x| ORCID: https://orcid.org/0009-0002-2149-1702 Content not peer-reviewed by ChemRxiv. License: CC BY-NC-ND 4.0


https://doi.org/10.26434/chemrxiv-2024-g76xl
https://orcid.org/0009-0002-2149-1702
https://creativecommons.org/licenses/by-nc-nd/4.0/

53

54

55

56

57

58

59

60

61

62

63

64

65

66

67

68

69

70

71

72

73

74

75

shown previously that this is not always the case because of interdependencies between key

performance indicators unique to COzR.®

Although many TEAs have been performed on low-temperature CO,R”Y7, their focus is
often on assessing whether the technology is viable in current or future markets. Most TEAs agree
that CO2R is not economical today, but their conclusions from best-case scenarios vary
considerably. Since the goal of these studies is often to assess the entire process, analyses generally
assume that operating parameters for the electrolyzer, such as cell voltage and current density, are
independent. These operating parameters are typically chosen to represent future progress, without
considering that dependent variables may consequently change because of governing reactor
equations. Furthermore, some TEAs exclude key process units, and most use a 2- to 3-point
sensitivity analysis that assumes monotonic trends or even a linear dependence of cost on reactor
performance. Some economic assessments have identified technical opportunities, including that
low-voltage counterreactions can save costs, especially with inexpensive feedstocks,'® that
alkaline electrolysis is cheaper than acidic if electricity is expensive despite electrolyte
regeneration cost,'® that multiple fluidic compartments and membranes make the payback period
impossibly long,?° and that syngas production is cheaper by making CO and H; in two separate
electrolyzers than through low-selectivity CO,R.? A few general pathways have also been
suggested to achieve economic feasibility.1#?%23 However, targets for experimental metrics like
current density and single-pass conversion have rarely been updated in response to these

recommendations.?*

To guide academic research towards addressing the most challenging problems facing
COzR scaleup, we conduct a process-scale TEA here based on an analytical reactor model. We

examine the sensitivity of process cost to various electrolyzer design parameters, with the aim of
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identifying technical improvements that can overcome major limitations in current technology.
We confirm that improvements at the materials scale, such as improved membrane conductivity
and reduced catalytic overpotentials, are critical. But our analysis also draws attention to the
underappreciated need for chemical reactor design to realize commercially viable CO2R by

overcoming reactant transport limitations.

Results

Techno-economic assessment builds on first-principles electrolyzer and process design

In this work, we use a process scale model of CO2R that incorporates electrolyzer physics
to understand how the economics of CO2R respond to quantitative improvements in materials,
reactor, and process design. All results are for low-temperature CO2R towards CO or ethylene with
a neutral, aqueous electrolyte in an anion exchange membrane electrode assembly (MEA) (Figure
1a). For each datapoint, we execute a model of the entire process with a specified rate of
production, total current density (jiotar), and single-pass conversion Xcoz. In practice, production
rates are fixed to meet contractual obligations, and current density and single-pass conversion are
experimentally controlled through the applied potential and feed flow rate. Table 1 shows key
specifications for our base case. Next, we estimate the electrolyzer cell voltage from a calculated
polarization curve (Figure 1b), and electrolyzer stream compositions based on selectivity and Xco2
(Figure 1c). We then use steady-state mass balances to determine the compositions and sizes of all
streams according to Figure 1d. CO- electrolysis is often operated at unsteady state in neutral
electrolytes as salts precipitate in the cathode over time. However, we assume there is a mechanism

to frequently redissolve and recover accumulated deposits, such as pulsing water through the
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cathode.?>? We base capital costs primarily on unit sizes, with the electrolyzer and balance-of-
plant modeled from estimations of CO2R stack manufacturing®’ and the H2A model for water
electrolysis.?® Separation capital cost is scaled relative to a reference unit size.** Operating costs
are based on standard models for estimating plant costs, including energy, feedstocks, and other

working expenses.
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103 Figure 1. Reactor and process model for low-temperature CO:zR to CO. (a) A three-dimensional representation
104  of the electrolyzer, indicating the stack along the horizontal axis, and the serpentine gas channel delivering CO2 in the
105  orthogonal plane. The electrolyzer is a membrane electrode assembly in which two gas diffusion electrodes (GDEs)
106  sandwich an anion exchange membrane. (b) Reactor kinetics were modeled electrochemically by generating a
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107 polarization curve, here for CO;R to CO over Ag coupled with oxygen evolution over IrOy, separated by an anion
108  exchange membrane. (c) Tradeoff between selectivity (Faradaic efficiency) and single-pass conversion assuming ideal
109 plug flow® in the CO, channel for an MEA configuration. The model assumes a certain selectivity FEcozr, o in the
110 limit of single-pass conversion — 0. (d) Process design used for costing. The extraction and purification of CO, and
111  water are costed using feedstock costs for captured CO, and deionized water, so the corresponding units are excluded
112  from the capital cost. Driers, pressure change units, and tanks are included only as balance-of-plant capital cost,
113  excluding them from operating expenses.
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115  are detailed throughout the text and in Supplementary Table S3.

Table 1. Assumptions for the baseline performance of the electrolyzer and process for CO2R to CO. Sources

Parameter Symbol Value Remarks
Production rate Nco 50 metric ton (tco)/day
Chosen to minimize levelized cost
Total current density Jtotal 472 mA/cm? Gives base case cell voltage =2.92 V
(from Eq. 11)
Maximum Faradaic 0
efficiency (at Xcoz — 0) FEcozr. 0 95%
Tafel slope (cathode) TScozr -230 mV/dec For Ag
- . . Representative anion exchange
em?2
Specific ohmic resistance p 1Q-cm membrane (50 um, 0.5 S-cm?)
Minimum possible cell voltage
Equilibrium cell voltage Ecen 1.34V (zero resistance, perfect
catalysts)
Chosen to minimize levelized
Single-pass conversion of 0 cost
CO; Xeoz 11.5% Together with FEcozr, 0, gives
FEco = 82% (from Eqg. 1)
Assumes all ion transport is via
. CO3? anions, and that all
Carbonate crossover c 0.5 mol COy/ mol e generated OH- equilibrates to
CO32'

- U.S. average industrial retail
Electricity cost 7.62 ¢/KWh electricity price, 2022
Capacity factor CE 96% Fraction of osggar\tmg time per
Plant lifetime 20 years Amortization perlod for capex in

levelized cost
Stack lifetime 5 years Entlre_ electr_olyzer capex m_ust be
paid again after this period
Midrange cost for carbon capture
CO; cost $75/tcor from point sources
Second-law separation Pressure-swing adsorption
- 4 7% .
efficiency efficiency
Separation temperature Tsep 313K Pressure-swing adsorption
temperature
116
117
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The reactor architecture used for COz electrolysis is typically a stack design originally
developed for fuel cells (Figure 1a). Since membrane electrode assembly configurations are
usually employed when targeting scaleup, our electrolyzer and process models are based on zero-
gap MEA designs. In this configuration, electrodes typically consist of planar nanostructured
catalysts supported on gas diffusion layers. The electrodes directly sandwich an ion exchange
membrane, resulting in lower resistive losses than in cells with a liquid catholyte. It is common for
CO:2R TEAs to specify a full-stack cell voltage, rather than deriving it from first principles. Here,
we instead calculate the voltage from a simplified Butler-Volmer model for a membrane electrode
assembly, which includes thermodynamic reduction potentials, cathodic and anodic overpotentials
(excluding concentration gradients), and membrane resistance (Figure 1b). We focus on CO2R
over silver catalysts to form carbon monoxide, and include results for CO2R to ethylene over

copper in Supplementary Figures S1 — S3.

In most MEAs, CO> passes through a serpentine flow channel over the catalyst surface and
diffuses through-plane into the gas diffusion layer, in principle evenly utilizing the catalyst. But
the timescale of CO- diffusion to the catalyst, relative to its convection in the flow channel, leads
to a significant CO, concentration gradient between the cathode inlet and outlet (Figure 1a).30%
This resembles the behavior of a tubular reactor.?® Increasing the single-pass conversion of CO;
(Xco2) intensifies this concentration gradient along the length of the reactor. As we have discussed
before, this depletion of the available reactant causes a drop in CO2R selectivity at the expense of
the competing hydrogen evolution reaction (HER).® Thus, there is a tradeoff between operating at
high conversion or high selectivity, a limitation which arises directly from present-day electrolyzer
designs. We build this physical tradeoff into our model by relating Faradaic efficiency (FE) to

Xcoz assuming that the electrolyzer behaves as a plug flow reactor (PFR), following the work of

10
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Hawks et al (Figure 1c).2° The selectivity is scaled relative to a reference value (FEcozr, o), which
is the maximum achievable selectivity towards CO2R in the limit of zero conversion. We assume

that hydrogen is the only side product formed.

Depending on the CO: electrolyzer configuration, electrolyte, and membrane, the reactor
outlet streams vary in number, composition, and size. Consequently, a variety of up- and
downstream units are required (Figure 1d). In our calculations, we represent driers, compressors,
pumps, and tanks as a balance-of-plant capital cost.?® Their utilities have been shown to be a small
fraction of separation and electrolysis duties,?® so we also neglect their operating costs here. The
cathode outlet is a wet gas consisting of CO2R products, unreacted CO, and H> from the HER.
When an anion exchange membrane is used, gas separations are required on both sides of the
reactor to recycle CO- to the inlet. For smaller scale processes, these gas separation units are
typically considered to be pressure swing adsorbers (PSA), each of which is selective to one gas.
Not all gas mixtures are amenable to selective adsorption, but variations of PSA have been used
to separate air and extract CO, H, and CO; at large scales since at least the 1980s.32% At high
throughputs, CO> absorption using amine stripping, and distillation for mixed products will likely
be cheaper. We explicitly calculate the capital cost of PSA units using a reference capacity and
scaling factor.}* We also model the separation energy consumed in each unit using a second-law
separation efficiency. Further details regarding the development of the reactor and process model

can be found in the Methods section and Supplementary Notes 1 and 2.

We emphasize that the trends below reflect electrolyzer performance, but the precise
numerical values we provide are not meant to be interpreted as guidelines or targets. All our
sensitivity analyses are based on changing a single variable independently, whereas variables often

change simultaneously in experiments. Our goal is to clarify how physical relationships in the

11
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electrolyzer affect costs, showing a path forward for the field. These conclusions are described in

further detail in the following sections.
Capital cost for low-temperature CO2R to CO is not limiting

Figure 2a describes the sensitivity of capital expenses (capex) to varying individual
electrolyzer and process variables for CO2R to CO. As a baseline, we model a plant producing 50
tco/day (14.2 MW). This yields a capital cost of $34.4 million. This is not unreasonable for a plant
of the given size; a conventional steam methane reforming process for 500 tw2/day requires $547
million to build.®* Nor is this unreasonably high for the industry — large chemical companies spend
$1-4 billion per year on capital.*® As expected, capex is highly sensitive to production rate, which
determines all unit sizes. Since the total production basis is fixed, a lower CO2R current density
requires a larger electrolyzer area. Figure 2b shows a representative breakdown of capex with
varying total current density. Reactor capex falls as (jiotar)™* to become much smaller than the capex
of separations beyond a certain value, ~500 mA/cm? in our model. Consequently, further increases

in current density do not significantly reduce capex.

Capex also depends on selectivity, which is controlled by Xco2 and FEcozr, 0. Capex is
highly sensitive to changing selectivity, which influences the size of both the electrolyzer and
separation units. Given that the production basis is fixed, the total current must be higher if the
selectivity is lower, which increases the size of the electrolyzer. Apart from the variables discussed
above, capex is largely unaffected by changes within our process design. However, it is sensitive

to the cost of electrolyzer per unit area, as shown in Supplementary Figure S4.
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Operating cost for CO2R to CO is controlled by electricity demand and capacity factor

The levelized production cost, which is the combined capex and opex per unit product, is
dominated by opex because the capex is amortized over the lifetime of the plant. Over a 20-year
horizon, the opex ($19.5 million/year) is 11 times larger than the capex. Further discussions will
hence center around the opex, which is far from economical at the current state of the art for CO2R
to CO and ethylene. This cost includes reactants, electric utilities, representative labor and
maintenance costs, and overheads. Overheads depend on the plant size and therefore on capital
cost. We model the sensitivity of opex to individual electrolyzer and process variables for CO2R
to CO in Figure 2c. The operating jiota and Xcoz are fixed in Figure 2c, but we also include the
sensitivity of costs when optimizing jiwta and Xcoz in Supplementary Figure S5. The conclusions

from this paper are valid even when the operating points are optimized.

We find that the dominant operating expense is electricity (Figure 2d), in line with previous
studies.®! Retail industrial electricity prices in the United States average 7 —9 ¢/kWh,% but COzR
to CO requires nearly free electricity to break even in our model (Figure 2d). We do not include
any cost of onsite utilities — electricity costs are assumed to be as purchased (retail pricing),
affecting opex only. In contrast to our model, many TEAs on CO2R use wholesale renewable
electricity prices (<3 ¢/kWh) but assume a high capacity factor (>90%). These electricity prices
are based on solar and wind farms that have capacity factors in the 20 — 30% range because of
hourly and seasonal variations.®3 Figure 2e shows that even using cheap wholesale solar
electricity, high capacity factors are required to make CO2R economical. Therefore, the scenario
modeled in these studies is only feasible with massive energy storage capacity in the system to
buffer times when renewables are unavailable, in addition to onsite generation. The capital costs

associated with this scale of energy storage far outweigh the capex of the CO2R process itself
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(Figure 3a). Despite this capex associated with increasing the capacity factor, it is more economical
than operating the electrolyzer at low capacity factors, whether the energy storage is modeled
inside (Figure 3b) or outside (Figure 3c) the process limits. The source of electricity also controls
the carbon intensity of the process. Normalized over the lifetime of the plant, the resulting cost of
CO- capture and utilization is $776/tco. at the base case retail electricity price, and after product
sales is $375/tco2. A fraction of the electricity mix must be fossil-free for carbon-neutral operation
of CO2R, since the grid carbon intensity must be <0.16 kgco2/kWh at the base case (Supplementary

Figure S6).

To evaluate strategies to reduce electricity demand, we break down the total energy
consumption of the system in Figure 2f. Process energy is dominated by the electrolyzer under all
relevant conditions shown here. The polarization curve for CO2R (Figure 1b) gives a much higher
cell voltage than the most analogous industrial process, water electrolysis to produce green
hydrogen. The minimum cell voltage, 1.34 V, arises thermodynamically and is mostly contributed
by the standard oxidation potential of water. For all other parameters at the base case, a
hypothetical cell running at 1.34 V yields an operating cost of $0.83/kgco (Figure 2c), still higher
than the product price. This minimum voltage could be reduced by considering alternative
oxidation reactions, especially ones with inexpensive feedstocks*’. Improvements can also be
made to the equilibrium reaction conditions by modulating temperature, pH, and surface

concentration, which is beyond the scope of this work.

Another major energy demand comes from sluggish cathode reaction kinetics, represented
by the high cathodic overpotential, even without introducing concentration overpotential from
limited CO; solubility. The cathode overpotential contributes to a high voltage demand, even at

low current densities. The third major contributor is membrane resistance. Anion exchange
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membranes (area-specific resistance ~0.2 — 1 Q-cm?)* do not exhibit the same stability and
conductivity as proton exchange membranes (typically Nafion™ derivatives, area-specific
resistance ~0.1 — 0.3 Q-cm?)*. Consequently, thicker membranes are required with higher

through-plane resistances than those used in water electrolysis, leading to higher resistive losses.

Since 78% of process energy goes towards electrolysis (Figure 2f), opex is barely affected
by eliminating CO> crossover to save on anode gas separation. If there is any voltage or selectivity
loss associated with eliminating carbonate crossover, the beneficial effect on separation cost is
overwhelmed by additional energy demands from the electrolyzer. Even capex, which is
dominated by separation cost, mostly depends on single-pass conversion. Since the O/CO; stream
from the anode is the smallest PSA inlet, eliminating crossover does not notably influence the

capex.
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243 Figure 2. Cost breakdown for CO2R to CO for a 50 tco/day process. (a) Single-variable sensitivity of capital cost
244 shows that the base case capital cost is reasonable for the plant size. Vertical lines mark the market price for CO and
245 the modeled cost at the base case scenario. Each horizontal bar indicates the range in cost upon changing one given
246  variable in the model, holding all others at the base case. Variable values at the best and worst costs are labeled at the
247  ends of the bar. For instance, a total current density of 1275 mA/cm? gives the lowest capital cost, 25 mA/cm? the
248 highest, and the base case is 472 mA/cm?. (b) Cost breakdown for sensitivity of capital cost to current density. Capex
249 mostly arises from gas separations, so increasing current density to reduce electrolyzer area is only relevant upto
250 moderate current densities. (c) Single-variable sensitivity analysis for operating cost of CO2R to CO. Opex changes
251 non-monotonically against total current density and single-pass conversion, exhibiting an optimum in both. (d) The
252 overall cost of CO2R is not yet comparable to the market price* for pure CO derived from fossil sources. Electricity
253  would need to be much cheaper than US average industrial retail electricity today, almost free, to break even in a
254 current state-of-the-art electrolyzer. (e) Even if cheap wholesale solar electricity at $0.024/kWh is available, the
255 required plant capacity factor to break even far exceeds the solar capacity factor. (f) A breakdown of energy
256 (electricity) demands for the process shows that electrolysis dominates over separations. Energy requirements come
257  from sluggish CO2R kinetics, thermodynamics of the unfavorable oxygen evolution, and membrane resistance.
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All analyses use a base electricity price of $0.076/kWh, carbon dioxide feedstock at $75/tcoz, 20-year plant lifetime,
and single-pass conversion of 11.5%. Supplementary Table S3 lists other assumptions for the baseline and
Supplementary Table S4 gives the evaluated points for each variable in the sensitivity analyses.
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Figure 3. Cost of energy storage coupled to renewable electricity for COzR to CO. (a) Capital cost breakdown
for a plant powered by intermittently available electricity, with an additional capital cost for energy storage. The
additional capex for a battery system is $200/kWh, which is based on future projections from the National
Renewable Energy Laboratory.*® (b) The levelized cost of CO;R powered by solar photovoltaics is much lower with
the inclusion of battery storage, despite its enormous capital cost. This shows the importance of operating such a
plant at high capacity. Solar electricity costs $0.024/kWh*’, about a third of current retail electricity prices. (c) A
similar levelized cost is obtained for a plant operating at 96% capacity by using the utility cost of wind energy with
storage ($0.042/kWh)*, i.e. no additional capex, but adjusting the opex to purchase from a wind farm with utility-
scale storage.

All analyses use a single-pass conversion of 11.5%, current density of 472 mA/cm?, carbon dioxide feedstock at
$75/tcoz, and a 20-year plant lifetime. The intended capacity factor of the plant is 96%.
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Increasing current density without lowering cell voltage increases cost

Next, we examine the non-monotonic trend in cost with current density, which reveals an
optimal operating point (Figure 4). The field has targeted increasingly high current density
operation, often >1.5 A/cm? of total or partial current density. These current densities require high
cell voltages and challenge cell stability as it becomes difficult to maintain uniform reaction rates,
temperatures through the electrolyzer, and electrode wetting. But our analysis shows that operating
at high current densities will not bring CO2R costs down. Rather than operating at a higher point
on the polarization curve, the curve itself must be lowered. Given a fixed production basis,
increasing the current density does reduce the capex and capex-dependent opex, since a smaller
electrolyzer area is required. But this benefit is eventually outweighed by the increased ohmic
resistance in the electrolyzer, which grows linearly with current density. Therefore, a tradeoff
arises between utility cost and capex-dependent opex (Figure 4a). The resulting minimum occurs
at just 300 — 600 mA/cm? for current electricity prices, 472 mA/cm? for our base case. Both sides
of this tradeoff are non-linear, since electrolyzer capex is area-dependent and the polarization
curve is nonlinear, especially at low current densities. Supplementary Figure S7 shows that the
optimum is sensitive to electrolyzer cost; if the electrolyzer is more expensive, higher current
densities are favorable. It also shows the relatively small variation in the optimum current density

with production rate, driven again by capex increases.

The optimal operating current density depends on the cost of electricity (Figure 4b). Even
with cheap electricity (3 ¢/kwh), the optimal current density is 750 mA/cm? if all other variables
are held at their base case values. The tradeoff also depends on the cell resistance (Figure 4c),
which determines the slope of the polarization curve at high voltages. Increasing the specific

resistance from 1 to 2 Q-cm? shifts the optimal current density to <350 mA/cm? Furthermore, our
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model does not account for the overpotential required for hydrogen evolution, making the cell
voltages an underestimate, especially at high current density.*® Without reducing cell resistance or
kinetic overpotentials, high current density operation will make process costs worse, unless
accompanied by much lower electricity costs. The literature rarely addresses this tradeoff because
many TEAs assume monotonic trends between cost and current density, and use low electricity
costs. The downside of high current density operation can only be identified in models that include
physical tradeoffs and realistic electricity prices,*® emphasizing the need to capture physical

phenomena within the electrolyzer in TEAS.
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Figure 4. Optimal current density for operating CO:zR to CO. (a) The optimal current density for CO, reduction
arises from a tradeoff between capex-dependent opex and energy cost. Overheads and levelized capex are large at low
current densities since the electrolyzer size necessary to produce a fixed basis, here 50 tco/day, is bigger. As current
density increases, the cell requires higher voltages, increasing utility costs. (b) Electricity cost scales the energy
requirement, so the optimal current density is sensitive to it. This heatmap shows that cheaper electricity encourages
higher current density operation. However, even at 3 ¢/kWh, operating above 750 mA/cm? increases the levelized cost
unless the polarization curve is lowered. (c) Cell resistance determines the slope of the polarization curve at high
current densities. Reducing membrane resistance would allow higher current density operation, but an increase from
1to 2 Q-cm? leads to an optimal current density <350 mA/cm?. In contrast, water electrolyzers operate in the 0.1
Q-cm? range, where ohmic penalties are low and large operating currents are desirable.

Figures (b) and (c) are based on uniform 51x51 grids in the x- and y-axes. All analyses use a single-pass conversion
of 11.5%, carbon dioxide feedstock at $75/tcoz, and 20-year plant lifetime. Figures (a) and (c) use a base electricity

price of $0.076/kWh.
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Electrolyzer redesign is an opportunity to maintain selectivity at high single-pass conversion

Our findings support recent work suggesting that reactor design significantly affects
electrolyzer performance, especially when scaling up.®>3! Although selectivities near 100% can
already be achieved for CO2R to CO at ultra-low conversions, increasing Xco2 leads to poor
availability of CO> to the catalyst, causing selectivity loss.® Selectivity impacts product cost
because low selectivity wastes electrolyzer energy on making hydrogen. Herein, we explicitly
define selectivity as a function of the specified Xco2 (Figure 1c). To quantitatively describe the
relationship between selectivity and Xcoz, we use an approach developed by Hawks et al.?® This
model describes the electrolyzer gas channel as a one-dimensional plug flow reactor with first-
order CO, consumption through reduction and carbonate crossover, and is validated by several
MEA experiments.®®>3 We assume that the high pH at the cathode surface causes all generated
OH-, whether from CO2R or hydrogen evolution, to form COs? by stoichiometrically consuming
CO2.* The limiting single-pass conversion (x-limit in Figures 5a, 5d, and 5i) results from the
steady-state mass balance on COz imposed by this assumption. Other models have been proposed
to capture this behavior as well,* but we chose this model to independently account for operating

variables, specifically flow rate and total current or cell voltage.

The resulting tradeoff between selectivity and Xco2 is steep (Figure 5a), leading to an
expensive process with an optimal operating point at low conversion (Figure 5b). This behavior
has been observed in prior studies as well.>® The steepness of the tradeoff arises entirely from the
plug flow design of the reactor, which depletes CO- along its length and increases HER selectivity.
Figure 5c shows that if constrained by this relationship, improvements will be needed across
multiple variables to make CO,R comparable to current market prices. Except Figures 5d — i, other

results in this paper are based on this strict plug flow relationship.
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Different reactor configurations can overcome plug flow limitations, changing the FEco-
Xco2 relationship. Moving from a zero-gap MEA (Figures 5a — c) to a flow cell (Figures 5d — f) of
Kas et al®! levels out the steep tradeoff, as shown in Figure 5d. While the MEA is fed only CO2 to
the cathode, the flow cell also uses a 1 M KHCO3s catholyte feed which contributes to the
(bi)carbonate equilibrium. If there is no recirculation, the buffering catholyte maintains CO;
concentration along the length of the reactor. Consequently, operating near the maximum
achievable Xco2 becomes preferable with the optimum Xcoz2 > 20% (Figure 5e). Here, we maintain
the crossover at its value of 0.5 molco2/mole.. However, the use of a catholyte in a flow cell
configuration introduces considerable challenges, including increased cell voltage, mechanical
instability, and additional electrolyte cost.>* We capture these difficulties coarsely by increasing
the cell resistance from 1 Q-cm? to 16.67 Q-cm? between Figures 5a — ¢ to Figures 5d — f.42
Therefore, the accessible cost in Figure 5f is even higher, requiring major improvements. This
levelized cost can only be achieved at a low current density (126 mA/cm?), driving a large capex
of $45 million at the baseline of Figure 5f. The electrolyzer alone costs $19 million since its area

is triple that of the MEA from Figure 5c.

However, the field of reactor design for CO2R is relatively unexplored from the lens of
improving selectivity and overall process cost. We emphasize that reactor design is an immense
opportunity for the field to improve the performance of CO; electrolyzers. This is illustrated in
Figures 5g — i for a hypothetical reactor design that maintains the conductivity of an MEA (~1
Q-cm?) while changing the CO. supply to maintain catalyst performance along the bed. Without
any improvement in catalysts, membranes, or market conditions, a less steep FEco-Xco2 curve
(Figure 5g) lowers the cost of CO from $1.22/kgco in the PFR base case (Figure 5b) to $0.97/kgco

(Figure 5h). This change is achieved by moving the optimal Xcoz2 to 41.0% while maintaining
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FEcozr at 91%. Apart from saving $0.21/kgco in opex, the capital cost is lowered by 36% to $22
million. Figure 5i shows that with small further improvements, CO2R in this reactor design can
approach the market price. This design could be achieved using an MEA with alternate CO2 supply
patterns that improve catalyst utilization, such as parallel or point flow configurations,>>> or a
number of novel configurations that are yet untested. There are also opportunities in changing
catalyst selectivity along the bed to optimize electrolyzer cost, or in resizing flow paths or

redesigning gas diffusion media to improve catalyst utilization across the electrode area.
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376

377 Figure 5. Reactor design is an opportunity for CO2R to CO to become economical. Figures (a) — (c) are for a
378 membrane electrode assembly configuration; (d) — (f) for a flow cell; and (g) — (i) for a future reactor design. (a) There
379 is a steep loss in selectivity with single-pass conversion if the electrolyzer has plug flow characteristics, as in MEAS
380  with linear flow paths (Hawks et al.?°) This relationship is used throughout the paper. (b) The steep tradeoff results in
381  expensive products; the optimal single-pass conversion is <15%. (c) Univariate sensitivity of the levelized cost in a
382 current MEA to reactor and process parameters suggests that the process may not be economical even with
383 improvements to multiple parameters. (d) Tradeoff between selectivity and single-pass conversion for a flow reactor
384  configuration with bicarbonate electrolyte contacting the cathode, adapted from continuum modeling by Kas et al.®!
385  The catholyte levels the curve by adding another source of CO, to the catalyst, namely the equilibration of bicarbonate
386 electrolyte into CO, when the gas is depleted by reaction. (e) If the FEco-Xcoz curve is more level, a much higher
387  single-pass conversion is optimal. However, the 17x increase in cell resistance for the flow cell versus the MEA case
388 leads to worse economics. (f) It is unlikely that flow cell operation would be economical without major improvements
389 in reactor performance. (g) MEA redesign would be able to maintain selectivity at higher conversion through reaction
390  engineering that improves CO; availability across the cathode surface, without increasing cell resistance. (h) Without
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any improvement in catalysts or membranes, this redesign closes the gap between the production cost and sale price
by 40%. (i) With reactor redesign, the modeled base case cost of CO2R is much closer to the market price than any
other scenario. Since $0.21/kgco is saved in opex and $12 million in capex, smaller improvements are required to
make CO:R economical. Therefore, we point to the impact of changing the relationship between selectivity and single-
pass conversion as an important control of process cost.

Legends for (b), (e) and (h) are the same as in Figures 2e and 3a; Figure 2 describes single-variable sensitivity figures.
All analyses use a base electricity price of $0.076/kWh and carbon dioxide feedstock at $75/tco2.

25

https://doi.org/10.26434/chemrxiv-2024-g76x| ORCID: https://orcid.org/0009-0002-2149-1702 Content not peer-reviewed by ChemRxiv. License: CC BY-NC-ND 4.0


https://doi.org/10.26434/chemrxiv-2024-g76xl
https://orcid.org/0009-0002-2149-1702
https://creativecommons.org/licenses/by-nc-nd/4.0/

398

399

400

401

402

403

404

405

406

407

408

409

410

411

412

413

414

415

416

417

418

419

Conclusions

In this paper, we conduct a techno-economic assessment of low-temperature CO2 reduction
in an MEA. Our goal is to inform the direction of experimental research, rather than assessing the
practicality of the technology itself. By coupling a physical model of an electrolyzer with a process
model, we provide insights on the most important levers that the field should aim to control. As
previously shown, electrolyzer energy is the largest contributor to the levelized cost of product
($/kg). This energy requirement arises from catalyst kinetics for CO2R, the resistance of anion
exchange membranes, and the thermodynamics of the anodic oxygen evolution reaction. However,
we note that operating at a higher current density, even with fixed selectivity, does not result in
better economics for a given production rate, unless the required cell voltage is lower. At cell
resistances >1 Q-cm?, operating above 475 mA/cm? is detrimental to the levelized cost of the

process.

Unlike many previous assessments, we use state-of-the-art electrolyzer design as the
baseline for our model. This means that CO> is supplied to the MEA through a serpentine flow
path that leads to concentration gradients along the electrode surface. We find that this relationship
is an important and largely unexplored opportunity to improve the economics of CO2R. Current
MEA designs are derived from fuel cells and water electrolyzers, which do not have the same
selectivity considerations as CO2R, nor the same multiphase behavior. There is enormous potential
for reaction engineering in these systems that can draw from years of work on process
intensification for thermal reactors. The early history of electrochemical CO reduction was
marked by seminal advances in understanding reaction chemistry®®°; we now propose a great

opportunity for chemical reaction engineering to leave a historic mark in the field.
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We also use the current cost of grid electricity throughout. This is because low capacity
factors, typical for direct use of solar and wind, make economical operation impossible, even if
electricity is cheaper. Our cost estimates for electricity are hence much higher than previous
estimates. However, our model suffers from some limitations, which have been discussed and
addressed elsewhere. Firstly, the plug flow model of Hawks et al.?® makes some assumptions,
notably that volumetric flowrate is fixed along the length of the reactor. While this is unrealistic
at high Xco2, removing this assumption would lead to an even steeper tradeoff than we have used.
Furthermore, nearly all CO> reduction occurs early in the flow path, justifying the assumption.
More generally, we have assumed a design for the cell that is only directly applicable to linear
flow paths with neutral electrolytes and an anion exchange membrane. Second, we set a total
current density which controls cell voltage, and a single-pass conversion which controls selectivity
and feed flow rate. Realistically, the feed flow rate and cell voltage are set, and in turn control
current density and selectivity. We chose this model to avoid the complex inverse problem of
breaking down a full-cell voltage into its components. The relationships for selectivity and single-
pass conversion have been shown to hold up to the assumption of independence from the cell
voltage.?®3® Thirdly, we make simplifying assumptions in the process, by ignoring the duties
associated with temperature and pressure changes, and any product delivery specifications such as
pressure and water content. Further, we do not use any depreciation of fixed equipment when
representing the levelized cost, since the process is unprofitable with a net present value of -$72.0
million (Supplementary Figures S8 — 9). We do not correct prices for various years via a price
index. We also assume that CO2R products are purely binary mixes of Hx with either CO or
ethylene. Today, CO2R to ethylene produces other gases and liquids that are not addressed by this

model. However, we show here that single-step CO2R to ethylene is not economical even without
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these complications, with a levelized cost of $7.64/kgethyiene and capital cost of $180 million

(Supplementary Figures S1 — S3).

All models have limitations, and we do not intend to use ours to provide a target “number”
for current density or conversion for researchers to pursue. Rather, we seek to identify the trends
in cost with reactor design, and to provide insights to guide the direction of future research. In this
context, we make the following recommendations to the field. Firstly, it is critical that we explore
other strategies for bulk transport of reactants and products to the electrode by considering reactor
designs that overcome plug flow. Secondly, electricity costs today are prohibitively high. Although
renewable electricity can be cheaper, operating at their low capacity factors is also prohibitively
expensive. We must therefore consider the possibility of offering multiple services through
electrolysis, including carbon utilization credits, offsetting the cannibalization of solar and wind
farms that causes negative electricity pricing, and demand response in electric grids. This means
we must work on power-responsive operation of electrolyzers that can handle rapid startup,
ramping and shutdown, rather than fixed current density operation. Lastly, we have shown that
phenomena at the reactor scale dramatically affect the overall economics for CO2R. Techno-
economic assessments would benefit from incorporating more detailed fundamental models of
electrolyzer phenomena. Tradeoffs that are fundamental to current electrolyzer design are often
erased by using representative “optimistic” and “base case” datapoints based on independent
experiments. Instead, incorporating these tradeoffs and non-monotonic trends can identify the most

critical needs for the field to make progress.
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Methods

Each cost datapoint in this paper (i.e., bar in bar charts, point in sensitivity plot, point on
contoured heatmap) is generated from a single run of the following model. The Python model is
provided as Supplementary Software. A number of constants and parameters are imported into it

via the Supplementary Workbook.
Electrolyzer model

The electrolyzer unit is assumed to be a membrane electrode assembly, since this
configuration is amenable to stacking and minimizes cell voltage. Even where flow cells are
referenced (Figures 5d — f), the voltametric model is an MEA design, but with a higher resistance
introduced to represent both the membrane and electrolyte. We first choose a single-pass
conversion, Xco2, and use it to determine the electrolyzer selectivity by numerically solving for

FEcozr in the following equation (Supplementary Figure S10):

n-c

Xco,(1+ )

FEco,Rr FECO,R'Z —0 Eq. 1
nC = .
FEco,r 0  In(1-Xco, (1+7FECO =)
2

where FEcozr is the Faradaic or current efficiency towards the given product, FEcozr, is the
selectivity towards the product in the limit of single-pass conversion (Xcoz2) — 0 (95% towards
CO in the base case), n electrons are transferred per mole of product (n = 2 for CO2R to CO), c is
the moles of CO; crossed over through the membrane per electron transfer in reaction (¢ = 0.5 mol
CO2/ mol e if all generated OH" is converted into COs%), and z is the number of CO, molecules
per product molecule (z = 1 molcoz/molco, 2 molcoz/molczna). This equation is a mass balance for
CO2 on a fraction of feed basis, derived from plug flow operation for a reaction with first-order

kinetics, assuming that the total current density is the same at Xco2 — 0 and at the given Xcoz. 223
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A further derivation is provided in Supplementary Note 1, as well as an explanation of conditions
where the model yields values of Xco2 or FEcoz2r Which are non-physical. The remaining current

is assumed to go towards producing hydrogen, such that:
FEHZ = 1 - FECOZR Eq 2

As a basis, we choose a production rate in kgproduet/day, which is converted through

Faraday’s law into a total current:

icozr = nl:Nproduct (16) Eq. 3

where i¢q,p IS the current towards the CO2R products, F is Faraday’s constant (96,498 C/ mol ¢),

and N is the molar production rate of CO2R products.

This gives the total current as well as hydrogen and oxygen currents:

icoz2r

i = Eqg. 4

total FEcozr q

g2 = ltotal — lcozr Eg. 5
g2 = ltotal Eq. 6

We specify an operating current density jiotal, SO the electrolyzer area is now completely specified:

A=t EqQ. 7

jtotal

where A is the active (electrode) area of the electrolyzer. Although this area is divided across

multiple cells in a stack, the electrolyzer cost scales with total active area.

Then, the current density towards each redox reaction is also specified by dividing their

respective partial currents by the electrolyzer area. For most cases, we determine the overpotentials
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at the cathode and anode using a Tafel relationship to achieve the specified partial current density
towards CO2R and OER, respectively. This approach is based on the method and parameters

collected by Shin et al (Supplementary Note 1):14

Ncozr = Ncozr, ref T TScozr * log (-]C&) Eq. 8

jcozr, ref

where ncozr IS the cathode overpotential, ncozr rer IS @ reference overpotential, TSco,r IS the
Tafel slope, jco2r is the current density towards COzR, and jco2r ref IS @ reference current density.

Eq. 8 and its anodic equivalent are the only overpotential equations used. These overpotentials are

0
cel

added to the equilibrium cell voltage E,.; at standard conditions, uncorrected by the Nernst

equation:

Edenn = ECo2r — EQEr Eg. 9

The Nernst equation is not used here because determining surface pH as a function of bulk
electrolyte pH is nontrivial — the surface pH varies by several units depending on the current
density, buffering capacity, and cell design.31%° This would require a separate 2D continuum model
for each datapoint in the paper, which adds an unrealistic level of computational complexity, while
also reducing the generality of our results. Similarly, we do not include the HER current directly
in computing the cell voltage, since it cannot easily be decoupled from complex sources such as
CO- depletion, intrinsic catalyst selectivity, and poor water management. This leads to an
underestimation of the cell voltage, especially in operating regions with high HER currents (such

as high total current density or low FEcozr, o).

Lastly, we add ohmic resistance:

Eq=— itot;l*P Eq. 10
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where Eg, is the ohmic drop, p is the area-specific resistance (in Q-cm?), and A is the electrolyzer

area. This gives the full cell voltage:

Ecenn = EQo2r+tNcozr — EQer — Nokr + Eq Eq. 11

Then the energy consumed by the electrolyzer per unit product is given by:

B
Energy per mole product = Nce”ﬂ Eq. 12
product (16)

Process model

Stream compositions in the electrolyzer are determined based on Xcoo, selectivity, and
crossover as described in Supplementary Note 2. Figure 1d specifies the stream numbers discussed
in the following calculations. The fresh CO- feed (stream 1) is determined from an overall carbon
mass balance, assuming that all carbon eventually exits the system in the form of the product at its
fixed production basis (in stream 16). The true inlet feed to the electrolyzer (stream 2) includes
recycled COz and is thus determined from the single-pass conversion. Water is fed to the anode
(stream 4) in a vast molar excess of 2500x times the OER rate. It is recirculated through streams
6, 11, and 14. Since water is regenerated within the net CO> reduction reaction (like CO. — CO +
50,), it is only consumed via the hydrogen evolution reaction. At high COzR selectivity, the fresh
water feed (stream 10) is hence small. Water is recycled via the driers, which are not modeled as
units here, but are assumed to have 100% recovery. Molar flow rates of hydrogen, the CO2R
product, and oxygen are determined in electrolyzer outlet streams 3 and 5, and product streams 16,
17 and 8, using their partial currents via Faraday’s law (Eq. 3). The crossover ratio c is used to

calculate the molar flow rate of CO that crosses through the membrane into stream 5:

itotal

Nco,(s) = € * o Eq. 13
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where ¢ = 0.5 mol CO2/ mol e for a neutral electrolyte with an anion exchange membrane. This
value is based on the stoichiometry of the following homogeneous buffering reaction, occurring at

the cathode:
CO, + 20H™ - CO%™ + H,0 Eq. 14

We assume that this reaction consumes all hydroxide generated by the reduction reactions
occurring via proton-coupled electron transfers at the surface. Other components around the
electrolyzer are determined via elemental and species mass balances. Supplementary Figure S11

shows a process flow diagram annotated with stream flow information at the base case.

Separations via pressure-swing adsorption are modeled to be 100% selective to a single
gas; their real selectivity is >95% for relevant cases.®® The ideal work of separation of a binary gas

mixture is adjusted by the second-law efficiency to determine the separation energy:
wideal = R # Tgep * (x * Inx 4+ (1 — %) * In (1 — x)) Eq. 15

Wisc(iaeal
Wegp! = == Eq. 16

where Wigsa! and WEsa! are the ideal and real work of separation per mole of gas mixture
respectively, R is the gas constant (8.314 J/mol-K), Tsep is the separation temperature (313 K), x
is the mole fraction of one of the binary components as determined from a mass balance, and  is

the second-law separation efficiency (7% at the base case).
Economic model

Supplementary Note 3, with Supplementary Tables S1 and S2, detail our implementation

of Sinnott and Towler’s framework for process costing.*® The costs we obtained are similar using

33

https://doi.org/10.26434/chemrxiv-2024-g76x| ORCID: https://orcid.org/0009-0002-2149-1702 Content not peer-reviewed by ChemRxiv. License: CC BY-NC-ND 4.0


https://doi.org/10.26434/chemrxiv-2024-g76xl
https://orcid.org/0009-0002-2149-1702
https://creativecommons.org/licenses/by-nc-nd/4.0/

565

566

567

568

569

570

571

572

573

574

575

576

S77

578

579

580

581

582

583

584

585

586

587

the modeling framework of Seider et. al. (Supplementary Figure S12).% Capex (capital cost) is
calculated for each process unit. Electrolyzer costing is based on manufacturing analysis by
Badgett et al.?’, i.e. $5000/m?, with balance of plant representing an additional 35% of the cost of
the electrolyzer as per the H2A model?®2, Pressure-swing adsorbers were priced based on a
reference cost of ~$2 million for a 1000 m*/hr capacity with a scaling factor of 0.7.1* Molar stream
flow rates were converted into volumetric flows via the ideal gas law assuming a stream pressure
of 1 atm and temperature of 313 K. For reference, the volumetric flow rate of the cathode gas outlet
at the base case (Xcoz = 11.5%, FEco = 82%) is ~15,510 m®/hr (595,276 scf). Allocated cost is
zero unless there is utility-scale energy storage in the system, as in Figures 3a and 3b. No land
purchase cost is included in capex, nor are any other offsite utilities constructed. Rent is included

in opex.

Opex is composed of costs for feedstocks, utilities, operations, maintenance, overheads,
taxes and insurance, and general expenses. These are modeled using standard process design
guidelines, not accounting for any differences that may arise from modeling costs for
electrochemical processes, like overheads scaling by area or unit number rather than volume.
Feedstocks are based on a CO> capture cost per ton and the cost of deionized water. The sensitivity
of CO2R cost to these market variables is shown in Supplementary Figure S4. Utilities are
calculated from the total energy consumed by the electrolyzer and PSA units, all of which is
assumed to be electricity with no heating or cooling duties. Maintenance includes stack
replacement, for which the entire electrolyzer capex (with installation) is paid at a regular interval,
and 4% of the remaining installed capex. Other overheads are described in Supplementary Note 3.
Supplementary Figures S13 — S15 show the sensitivity of capex, opex, and levelized cost to

changing electrolyzer, process, and market variables for the three cases shown in Figure 5.
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